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Abstract

The velocity of elongated vapor bubbles exiting two horizontal micro-evaporator channels with refrigerant R-134a was studied.
Experiments with tube diameters of 509 and 790 lm, mass velocities from 200 to 1500 kg/m2 s, vapor qualities from 2% to 19% and
a nominal saturation temperature of 30 �C were analyzed with a fast, high-definition digital video camera. It was found from image pro-
cessing of numerous videos that the elongated bubble velocity relative to that of homogeneous flow increased with increasing bubble
length until a plateau was reached, and also increased with increasing channel diameter and increasing mass velocity. Furthermore
an analytical model developed for a diabatic two-phase flow, has been proposed that is able to predict these trends. In addition, the
model shows that the relative elongated bubble velocity should decrease with increasing pressure, which is consistent with the physics
of two-phase flow.
� 2007 Elsevier Ltd. All rights reserved.
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1. Introduction

Slug flow is one of the basic vapor–liquid flow patterns
which takes place inside microchannels. It occurs over a
wide range of flow parameters. It is characterized by an
alternating succession of elongated bubbles and liquid
slugs. Many interactions between elongated bubbles may
occur, among them bubble collision. Collision of elongated
bubbles in microchannels is a one-dimensional phenome-
non because of the confinement of the small channel and
has been observed experimentally by Revellin et al.
(2006), where it was identified as one of the most important
parameters influencing flow pattern transition (for exam-
ple, refer to the diabatic flow pattern map proposed by
Revellin and Thome (2006)).

Many studies have already been carried out on measur-
ing void fractions in conventional channels and numerous
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models already exist. Among them, the homogeneous
model is based on the assumption that the vapor and liquid
phases flow at the same average velocities. Zuber and Find-
lay (1965) proposed a general form of the drift flux model,
which takes into account both the effect of nonuniform
velocity and void profiles as well as the effect of the local
relative velocity between the phases. The first effect is taken
into account by a distribution parameter, whereas the
weighted average drift velocity accounts for the latter.
However, these two models do not take into account the
influence of bubble length on its velocity, i.e. the individual
characteristics of the flow.

The length of Taylor bubbles has been studied by Bar-
nea and Taitel (1993), who proposed a model for slug dis-
tribution in gas–liquid slug flow. Their model assumes a
random distribution of bubble lengths at the inlet of the
channel and it calculates the increase or decrease in each
individual slug’s length, including the disappearance of
the short slugs, as they move downstream. The slug length
distribution in the developed region seems to follow
approximately a log normal distribution. Cook and Behnia
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(2000) proposed a slug length prediction in nearly horizon-
tal gas–liquid intermittent flow. Their data showed that all
the turbulent flow results could be correlated by the same
expression regardless of the value of the slug liquid Rey-
nolds number.

Bubble collision has been studied by many authors but
most of the time for gas–liquid flow in vertical macrochan-
nels and seldom in horizontal ones. Talvy et al. (2000)
observed the interaction between two consecutive elon-
gated bubbles in a vertical pipe. They experimentally found
that the trailing bubble did not affect the motion of the
leading one and that the trailing bubble, on the other hand,
was sensitive to the velocity distortion in the wake of the
leading bubble. In fact, they showed that the acceleration
of the trailing bubble is quite significant in the near wake
region just behind of the leading elongated bubble. Pinto
et al. (1998) studied the collision of two gas slugs rising
in a co-current flowing liquid in vertical tubes of 22, 32
and 52 mm internal diameter. Generally they found that
the minimum distance between slugs above which there is
no interaction is about 5D in the turbulent liquid flow
regime and 10D in the laminar liquid flow regime (some
other behaviors were also observed).

In summary, several studies exist on measurement and
prediction of the elongated bubble velocity, length and
bubble collision but all of them for gas–liquid flow in mac-
rochannels. The influence of bubble length on bubble
velocity has apparently not yet been studied for two-phase
flow in microchannels. In this paper, new experimental
observations of this phenomena are presented as well as
relative bubble velocity and bubble length measurements
and a new model developed for a diabatic two-phase flow
is proposed to predict their relationship.
Fig. 1. Schematic o
2. Description of the test facility

The microchannel test facility is described in detail in
Revellin (2005). The test facility was designed to operate
using either a speed controlled micropump, or the pressure
difference between two temperature-controlled reservoirs
(the latter mode was used for all the present tests and is
presented in Fig. 1). A valve installed between the upstream
reservoir and the test section is used to avoid flow oscilla-
tions in the loop and a wide range of stable operating con-
ditions is thus achieved.
2.1. Test section

The test section consisted of four subsections: (i) an
80 mm long, thin wall stainless steel tube used as a pre-
heater, (ii) a 20 mm long plastic (PEEK) tube for electrical
insulation, (iii) a 110 mm long stainless steel tube micro-
evaporator and (iv) a 100 mm long glass tube for flow pat-
tern visualization and pressure drop measurements, as
shown in Fig. 2. Two copper clamps were attached to both
the preheater and the evaporator and heating was provided
by two Sorensen DC power supplies. Two pressure trans-
ducers were installed at the inlet and outlet of the test sec-
tion and two 0.25 mm thermocouples were placed in the
fluid at the same locations. Four 0.25 mm thermocouples
were also attached on the external surface of the sight glass
tubes (before the inlet and after the outlet of both the pre-
heater and the evaporator) to measure local fluid satura-
tion temperatures. Two more 0.25 mm thermocouples
were installed on the two heated tubes to avoid exceeding
the critical heat flux. All the test section was thermally insu-
lated. Careful attention was made to match up the ends of
f the test loop.



Fig. 2. Schematic diagram of the test section: front view.

Table 1
Experimental conditions and uncertainties
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the glass and stainless steel tubes. The adiabatic zone after
the micro-evaporator was 120 mm long.
Parameter Values Uncertainties Units

Fluid R-134 – –
D 509, 790 �1% lm
e
D < 0:002% – –
LMEV 70.7 < 2:5% mm
G 200–1500 �2% kg/m2 s
q 6.5–31.8 < 5:7% kW/m2

T sat 30 �0:1 �C
P sat 7.7 < 0:07% bar
DT sub 3 �0:1 �C
xMEV;out 0.02–0.19 5:6% –
UG 0.39–4.38 0.2–2.6% m/s
Uh 0.39–3.3 <7.25% m/s
2.2. Measurements and accuracy

A Coriolis mass flow meter was used to measure the flow
rate of the subcooled refrigerant ð�0:1%Þ. The amount of
Joule heating was determined by measuring the DC voltage
ð�0:02%Þ and the current by a DC current transformer
(�3:5% for low currents and �1% for high ones). The
absolute pressure transducers for monitoring the local
pressures were accurate to ±5 mbar and the thermocouples
to �0:1 �C, according to their calibrations. The vapor qual-
ity entering the flow visualization tube was estimated to be
accurate to �5:6% of the value for most test conditions,
e.g. �0:0056 of a vapor quality of 0.10.

The total database from this study covers one refriger-
ant (R-134a) and two tube diameters (509 and 790 lm).
The micro-evaporator heated length was 70.7 mm and the
inlet subcooling to the micro-evaporator was 3 �C. The
mass fluxes ranged from 200 to 1500 kg/m2 s and the heat
fluxes that produced the two-phase flow ranged from 6.5 to
31.8 kW/m2. The saturation temperature tested here was
about 30 �C. Experimental conditions and uncertainties
are summarized in Table 1 with D the tube diameter, e=D
the relative surface roughness of the glass tube, LMEV the
length of the micro-evaporator, G the mass velocity, q the
heat flux, T sat the saturation temperature, P sat the satura-
tion pressure, DT sub the inlet subcooling, xMEV;out the vapor
quality at outlet of the micro-evaporator, U G the vapor
velocity and Uh the homogeneous velocity.

Notably, the present setup involves actual vapor–liquid
two-phase flows exiting a micro-evaporator channel. The
bubbles and subsequent flow regimes observed here origi-
nated from nucleation in the evaporator, just like in a
microchannel cooling element attached to a computer chip,
for instance. Thus, here the resulting flow pattern and bub-
ble characteristics are produced by the boiling process
itself, not the hydrodynamics of an injector, mixer or
header used in adiabatic tests. Furthermore, compared to
most of the macroscale studies done with air and water,
the surface tension of R134a is about an order of magni-
tude lower.

3. Experimental results

Thirty-six videos have been recorded for different exper-
imental conditions for which a multiple train of sequential
bubbles was observed, and summarized in Table 1, using
a high-speed high-definition video camera (FASTCAM,
120,000 frames per second maximum). The images were
taken at 10,000 frames per second with a shutter time down
to 20 ls with 256 � 512 pixels per images. The video cam-
era was located after the micro-evaporator facing the glass
tube. Each video sequence is composed of 2000 images for a
total time of 0.2 s. In order to determine the length and
velocity of each vapor bubble, an image processing software
has been developed that applied the following procedure:

(i) as shown in Fig. 3a, a contrast and light normaliza-
tion was applied to each of the 2000 images for every
video,

(ii) as shown in Fig. 3b, a threshold was applied to each
image so that only the outline of the bubbles was vis-
ible, and



Fig. 3. Image of elongated bubble flow: (a) after contrast and light
normalization and (b) after threshold was applied.
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Fig. 5. Gray level profile applied on a transverse line of an image of
elongated bubble flow indicating a bubble is present at this location.

B. Agostini et al. / International Journal of Multiphase Flow 34 (2008) 590–601 593
(iii) an edge detection algorithm was applied to the mid-
dle longitudinal line (from left to right) of each image
giving the position of the front and back of each bub-
ble, as shown in Fig. 4.

(iv) each edge was identified as the front or back of a bub-
ble using the light intensity profile on a transverse line
(from top to bottom) of the original image shown in
Fig. 3a. As shown in Fig. 5, the presence of liquid or
vapor between two edges can be identified with the
shape of the light intensity profile.
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Fig. 4. Edge detection applied on the middle line of an image of elongated
bubble flow.
Finally, for each of the 2000 images of the 36 videos,
the positions of the front and back of every elongated
bubble on the videos were obtained. The resolution of
the method can be estimated using Fig. 4: the fourth
and sixth edge are doubled because of artifacts on the
videos so that the uncertainty on the position of the
edges is about Dp ¼ �3 pixels.
To calculate the elongated bubble velocities as a func-
tion of their length, the following procedure was
applied to each elongated bubble in the flow:

(v) the frame number when the elongated bubble front
appears and disappears on the video are, respectively
fi and fo. The pixel position of the bubble front when
the elongated bubble front appears and disappears on
the video are, respectively pi and po. Then the elon-
gated bubble velocity is:
U G ¼ ðpo � piÞ � S � F =ðfo � fiÞ ð1Þ

S and F being respectively the image scale
(18.248 lm/pixel) and the frame rate (10,000 images
per second),
(vi) if the elongated bubble length is smaller than the
image width, the pixel position of the front and back
of the elongated bubble in the frame fo are, respec-
tively pf ;o and pb;o. Then the bubble length is
LG ¼ ðpf ;o � pb;oÞ � S ð2Þ
(vii) if the elongated bubble length is longer than the
image width, the frame number when the elongated
bubble back appears on the video is fb;i, the frame
number when the elongated bubble front disappears
on the video is ff ;o. Then the bubble length is
LG ¼ U G � ðff ;o � fb;iÞ=F ð3Þ
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(viii) finally the uncertainties were calculated with
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Fig. 6
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DU G=UG ¼ Dðpo � piÞ=ðpo � piÞ ¼ 2Dp=ðpo � piÞ;
ð4Þ

DLG=LG ¼ 2Dp=ðpf ;o � pb;oÞ ð5Þ

if the elongated bubble length is smaller than the im-
age width, and

DLG=LG ¼ DU G=UG ð6Þ

if the elongated bubble length is larger than the image
width.
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Fig. 7. Relative elongated bubble velocity versus bubble length, for
D ¼ 509 lm and different mass velocities.
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Fig. 8. Relative elongated bubble velocity versus bubble length, for
D ¼ 790 lm and different mass velocities.
In order to eliminate the effect of the average velocity of
the flow on the elongated bubble velocity, it seemed logical
to substract the homogeneous velocity to obtain the rela-
tive elongated bubble velocity. The homogeneous velocity
was calculated as follows

Uh ¼
G � x
qG

þ G � ð1� xÞ
qL

ð7Þ

where G, x, qL and qG are, respectively the mass velocity,
vapor thermodynamic quality, liquid density and vapor
density. Indeed, according to the homogeneous model for
a horizontal flow, when a flow is composed of small bub-
bles dispersed in a liquid flow both vapor and liquid travel
at the same velocity: the homogeneous velocity. Thus the
relative elongated bubble velocity U G � Uh should tend to-
wards 0 when LG ! 0.

Fig. 6 shows the relative elongated bubble velocities
plotted versus bubble length for D ¼ 500 lm and
G ¼ 500 kg=m2 s, with uncertainties on both U G � Uh

and LG. The elongated bubble relative velocity is clearly a
function of the bubble length with a large increase for
0 < LG < 30 mm and, as expected, tends to 0 when
LG ¼ 0. Furthermore U G � Uh reaches a more or less con-
stant value of 0.7 m/s for LG > 30 mm. Thus, U G � U h can
be as high as 40% of U h, which is far from being negligible.
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Figs. 7 and 8 show UG � U h as a function of LG for all the
videos (two tube diameters and five mass velocities). There
is an increase in the dispersion of the data at the higher
mass velocities because the transition towards churn flow
begins and the elongated bubbles do not have a regular
shape anymore. However, the relative elongated bubble
velocity is clearly seen to be a function of the mass velocity
for a given LG. The following trends can be discerned from
Figs. 7 and 8:

� the relative elongated bubble velocity increases with the
bubble length,
� for a given LG the relative elongated bubble velocity

increases with G,
� the relative elongated bubble velocity seems to increase

faster with LG for higher G,
� the relative elongated bubble velocity increases with

diameter for a given G and LG.
As noted earlier in the literature review, it is widely
accepted that the wake behind a bubble can affect the
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velocity of another bubble behind. In order to check if
such an effect occurred here, Fig. 9 shows the individual
relative elongated bubble velocities plotted as a function
of the ratio LL=D, LL being the length of the liquid slug
immediately ahead of the bubble. There seems to be no
obvious relationship of U G � Uh with LL=D, that is con-
firmed by the low coefficient of correlation R2 ¼ 0:23.
Most literature studies show an influence of the liquid
slug length on the trailing bubble velocity, which is con-
tradictory with the present results. Several observations
can explain this discrepancy:
� In the present study most of the liquid slugs have an

LL=D of around 3–10 and the bubbles have LG=D ratios
much larger than those in macrochannels with values
over 100 in some cases,
� In a microtube the liquid layer around the elongated

bubbles is much thinner than in a macrotube so that
the wake structure behind the leading bubble is proba-
bly notably different, thus changing the way the trailing
bubble velocity can be influenced by the leading bubble,
and
� The elongated bubbles of the present study have been

generated by a nucleation process along an evaporator,
which is very different from a gas–liquid mixing device.
Thus the acceleration given to the bubbles in the evapo-
rator might be prominent on any wake effect.

From Fig. 9 it can be concluded that:

� LG is indeed the relevant parameter to study the increase
of U G � Uh and
� the elongated bubble and liquid slug lengths are not

correlated.

Based on these results, a model has been developed to
predict the relationship between UG � U h and LG and is
presented in the next section.
−0.1

0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

0.8

0 2 4 6 8 10 12 14 16 18
LL/D

G = 500 kg/m2s, D=509μm

G = 500 kg/m2s, D=790μm

U
G

−U
h 

(m
/s

)

Fig. 9. Relative elongated bubble velocity versus liquid slug length to
diameter ratio, for D ¼ 509 lm and D ¼ 790 lm.
4. Description of the model

The model, developed for a diabatic two-phase flow,
consists of the determination of the vapor bubble velocity
as a function of its length, using equations for the conser-
vation of mass, energy and momentum. Consider a tran-
sient two-phase slug flow regime in a round tube of
diameter D and cross-sectional area A along a longitudinal
z-axis at a mass velocity G that is heated uniformly with a
constant heat flux q. We can consider an elongated bubble
of vapor mass flow rate _mG, vapor velocity U G, vapor den-
sity qG and cross-sectional area AG. The control volume
considered here is the bubble itself, so that dz refers for a
bubble length increment. From continuity we get:

_mG ¼ A � G � x ð8Þ

Differentiating (8) with respect to the channel length z gives

d

dz
ðAG � UG � qGÞ ¼ A � G � dx

dz
ð9Þ

hence

d

dz
AG

A
� U G

� �
qG þ

AG

A
� UG

� �
dqG

dz
¼ G � dx

dz
ð10Þ

and

d

dz
AG

A
� U G

� �
¼ �AG

A
� UG

qG

� dqG

dp
� dp

dz
þ G

qG

� dx
dz

ð11Þ

The product ðAG=AÞ � ðU G=qGÞ � ðdqG=dpÞ � ðdp=dzÞ is neg-
ligible compared to the product of ðG=qGÞ � ðdx=dzÞ. As
an example, the calculation performed for the following
experimental conditions: G ¼ 500 kg/m2 s, P sat ¼ 7:7 bar,
q ¼ 15 kW/m2, D ¼ 509 lm, AG=A ’ 1, dP=dz ¼ 0:86 bar/
m (for the entire length of the tube) and UG ¼ 1:43 m/s
gives ðG=qGÞ � ðdx=dzÞ ’ 16:5 s�1 and ðAG=AÞ � ðUG=qGÞ�
ðdqG=dpÞ � ðdp=dzÞ ’ 0:165 s�1. Consequently,

d
dz

p D
2
� d

� �2

p D2

4

� UG

" #
¼ c ð12Þ

where d is the liquid film thickness trapped between the
wall and the vapor bubble and

c ¼ 4q
D � hLG � qG

ð13Þ

with hLG the latent heat of vaporization while q is the uni-
form heat flux applied to the micro-evaporator and thus
yields the enthalpy absorbed by the bubbles assuming no
superheating of the liquid slugs. Rearranging (12), we
obtain

� 4

D
� U G �

dd
dz
þ 1� 2d

D

� �
dU G

dz
¼ c

1� 2d
D

ð14Þ

Furthermore, in Thome et al. (2004) it has been demon-
strated that d=D ’ 1=100, and we can thus assume that
ð1� 2d=DÞ ’ 1. The expression thus reduces to
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� 4

D
� U G �

dd
dz
þ dUG

dz
¼ c ð15Þ

From continuity we know also that at a certain cross sec-
tion of the tube:

_m ¼ cte ¼ _mL þ _mG ð16Þ

where _m, _mL and _mG are, respectively the total, liquid and
vapor mass flow rate. Writing (16) in terms of the above
variables, it becomes

p � D
2

4
� G ¼ p � D � d � qL � U d þ p

D
2
� d

� �2

qG � U G ð17Þ

and finally

4d
D
� qL � U d þ qG � U G ¼ G ð18Þ

Differentiating expression (18) for a steady state flow rate,
we obtain

4

D
� qL � U d �

dd
dz
þ 4d

D
� qL �

dU d

dz
þ qG �

dU G

dz
¼ dG

dz
¼ 0 ð19Þ

The variation of the liquid film velocity is assumed to be
negligible and by consequence we can say that

4

D
� dd

dz
¼ � qG

qL

� 1

U d
� dU G

dz
ð20Þ

From (15) and (20) we get

qG

qL

� UG

U d
� dU G

dz
þ dU G

dz
¼ c ð21Þ

and it follows that
Fig. 10. Schematics of the hypothetical velocity profile in the liquid l
dUG

dz
¼ c

1þ UG

Ud
� qG

qL

¼ u ð22Þ

or

u ¼ c

1þ GG

Gd

ð23Þ

where GG is the mass velocity of the vapor and Gd the mass
velocity of the liquid film. GG=Gd can be considered as a
pseudo slip ratio between the vapor in the bubble and
the liquid film surrounding the bubble. For an elongated
bubble confined in a microchannel, the average velocity
in the liquid layer confined between the bubble and the wall
has to be negative because the bubbles travel faster than
the liquid slug ahead so that some liquid has to be evacu-
ated by the liquid layer around the bubble, such that
Gd < 0. This is illustrated in Fig. 10. The grayed rectangle
in the upper part of the figure is the volume of liquid that
will disappear during a time interval Dt because the bubble
is traveling faster than the liquid slug ahead. Furthermore,
Kashid et al. (2005) have shown by PIV experiments that
recirculation occurs within the liquid slug as illustrated in
Fig. 10, that causes a negative velocity at the beginning
of the liquid layer, just around the nose of the bubble. This
fact and the examination of the upper part of Fig. 10 show
that the liquid of the grayed rectangle has to be evacuated
by the liquid layer whose average liquid velocity is then
necessarily negative. The lower part of Fig. 10 shows
how the velocity profile should look like in the liquid layer
in order to obtain a negative average velocity. So far no
study has been found in the literature on the velocity pro-
ayer trapped between an elongated bubble and the channel wall.
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file in the liquid layer trapped by elongated bubbles in hor-
izontal microchannels so that this question is still unre-
solved but Fig. 10 seems to be a reasonable conclusion.

Yang et al. (2002) showed in their study that the liquid
film thickness was only a function of the Bond number.
The Bond number is related to the Confinement number
by Co ¼ Bo�1=2. Since GG=Gd varies proportionally to
d=D for a constant mass flow, we can assume that GG=Gd

is proportional to C=Co where the constant C is negative.
Co is given by the following relation, according to Kew
and Cornwell (1997):

Co ¼ gðqL � qGÞD2

r

� ��1=2

ð24Þ

with r the surface tension and g the acceleration of gravity.
Thus, we obtain the following expression for u:

dU G

dz
¼ u ¼ c

1þ C
Co

ð25Þ

After integration of expression (25), it becomes

U G ¼ u � LG þ U h ð26Þ

where Uh is the homogeneous velocity. This equation gives
an increase in bubble velocity with bubble length, which
should be equal to the bubble velocity only if friction is
negligible therefore this equation is appropriate for short
vapor bubbles. However, if the bubbles are longer, we have
to take into account the effect of friction in the momentum
equation, which is done below.

Now consider a vapor bubble of surface area SG, mass
MG, volume V G and vapor density qG. Ribatski et al.
(2006) showed in their analysis of experimental data and
prediction methods for two-phase frictional pressure drop
in microchannels that the homogeneous model was one
of the most accurate prediction methods. As a result, it is
reasonable to calculate the pressure drop gradient with
the homogeneous model and thus use Uh (homogeneous
velocity at the outlet of the evaporator) as a reference
velocity. Let us write the transient expression for the con-
servation of momentum for an elongated bubble flowing
at U Gðz; tÞ

MG �
dUG

dt
¼ MG � U G �

dUG

dz
� 1

2
� fi � qG � SG � U 2

G þ V G �
dp
dz
:

ð27Þ

As a first approximation, the term dU G=dz is calculated
with Eq. (25)

dU G

dz
¼ u ð28Þ

and the homogeneous pressure gradient is

V G �
dp
dz
¼ �MG � Uh � uþ

1

2
� fi � qG � SG � U 2

h ð29Þ

so that Eq. (27) can be written
MG �
dUG

dt
¼ MG � U G � u�

1

2
� fi � qG � SG � U 2

G �MG

� U h � uþ
1

2
� fi � qG � SG � U 2

h: ð30Þ

Noticing that dUh=dt ¼ 0 and supposing that UG � Uh �
U 2

h, rearranging yields

MG �
dU �

dt
¼ MG � U � � u�

1

2
� fi � qG � SG � U �2 ð31Þ

with U � ¼ UG � U h. Eq. (31) simply states that during the
acceleration of the bubble due to evaporation, a part of the
friction force counterbalances this acceleration until an
equilibrium velocity is reached.

It is of importance to emphasize here that the interfacial
friction factor fi is expressed using U G. The interfacial fric-
tion factor is originally formulated with UG � U d but U d

(the liquid layer velocity) is neglected here. fi is expressed
with the following conventional relations:

fi ¼ 64 � Re�1
G for ReG 6 2000 ð32Þ

fi ¼ 0:316 � Re�0:25
G for ReG > 2000 ð33Þ

with the vapor Reynolds number expressed as

ReG ¼
qG � U G � D

lG

ð34Þ

Substituting and rearranging (31) it becomes

dU �

dt
¼ U � � u 1� fi � qG � SG

2 �MG � u
� U �

� �
ð35Þ

Furthermore, dz=dt ¼ U � thus

dU �

dz
¼ uð1� b � U �Þ with b ¼ fi � qG � SG

2 �MG � u
ð36Þ

If the elongated bubble is considered as a cylinder of diam-
eter D (Thome et al. (2004) showed that d	 D so the
liquid film thickness can be neglected) and a length LG, b
is then expressed as

b ¼ 2f i

D � u ð37Þ

Eq. (36) is integrated as follows:

� 1

b
lnð1� b � U �Þ ¼ u � LG þ A1 ð38Þ

Since U � ¼ 0 at t ¼ 0, LG ¼ 0 and thus A1 ¼ 0 and we
obtain

lnð1� b � U �Þ ¼ �b � u � LG ð39Þ

The final solution of U G is

UG ¼
1� expð�u � b � LGÞ

b
þ U h ð40Þ

which gives the relationship between the length of a vapor
bubble and its velocity. If we express (40) with all the
parameters involved, we get
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UG ¼
D � c

1þ C
Co

1� exp �2�fi �LG

D

� �
2 � fi

þ Uh ð41Þ

The optimization of the model by the least squared method
using the present database leads to C ¼ �0:58. From Eq.
(25) we know that U d ¼ ðU G � qG � CoÞ=ðC � qLÞ ’ UG=20.
This confirms the assumption U G � U d ’ UG used in writ-
ing Eq. (31).

Regarding Eq. (41), there is a singularity for Co = 0.58.
This limit almost corresponds to the limit of Cornwell and
Kew (1995) who proposed a value of Co = 0.5 as the tran-
sition threshold between confined and non-confined bubble
flow (taken as a tentative threshold between macroscale
and microscale two-phase flow). They showed that the con-
finement was significant if the Confinement number was
greater than 0.5. In the present study, the model works
as long as Co > 0.58. In this case the velocity of the liquid
film trapped between the wall and the vapor bubble is neg-
ative and the channel is a microchannel. When Co 6 0.58,
the confinement effect is negligible, stratification occurs and
the assumption of the negative velocity of the liquid film is
no more valid and the velocity becomes positive. However,
the choice of the value 0.5 was based on a limited number
of observations by Cornwell and Kew and hence this
threshold can be considered to be a qualitative value rather
than a definitive value. The Confinement number (Co) is
also related to the Eotvos number (Eo) by the relation
Co ¼ Eo�1=2. Ullman and Brauner (2006) proposed the
threshold for microchannels to be for Eo < 1:6 or
Co > 0:79. The value of 0.58 calculated here thus falls
between the Cornwell and Kew (1995)and Ullman and
Brauner (2006) thresholds.

The different assumptions used for the model are sum-
marized below:

� uniform and constant heat flux q to generate the vapor
bubbles,
� the homogeneous model can be used to calculate the

pressure gradient,
� UG is close to U h,
� d	 D,
� dU d=dz is negligible, and
� UG � U d ’ U G for the interfacial friction factor

formulation.
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Fig. 12. Comparison between the experimental relative vapor velocities
and the model for R-134a, D ¼ 0:509 and 0.790 mm and G ¼ 500 kg/m2 s.
5. Comparison with experimental data

Fig. 11 shows the comparison between the 484 experi-
mental data points obtained at the exit of a micro-evapora-
tor channel and the model for the conditions summarized
in Table 1. All together 90% of the data are predicted
within a �20% error band. The mean absolute error is
MAE ¼ 8:9% and the mean error is ME ¼ 6:8%. The def-
initions of MAE and ME are given by Eqs. (42) and (43).
The model slightly under-predicts the data but the agree-
ment remains very good.
MAE

¼ 1

N

XN

1

experimental value� predicted value

experimental value

����
����� 100

ð42Þ
ME

¼ 1

N

XN

1

experimental value� predicted value

experimental value

� �
� 100

ð43Þ

Fig. 12 shows the comparison between the experimental
data and the model for 509 and 709 lm tube diameter
and a mass flux of 500 kg/m2 s. The agreement is quite
good. Here it can be noted that the larger the diameter,
the higher the vapor velocity. The model correctly captures
this trend. The vapor velocity increases with the vapor bub-
ble length and then reaches a plateau. This variation ex-
plains the reason for the collision of the elongated
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bubbles in microchannels. A ‘‘long” elongated bubble trav-
els faster than a shorter one ahead of it and will reach it
downstream. When all the bubbles have a certain length,
represented here by the plateau, the vapor velocity does
not change anymore and bubble collision will no longer oc-
cur, i.e. the flow becomes fully developed.

Using the above model to predict the mean vapor veloc-
ity of an elongated bubble in a microchannel, it is possible
use this velocity to calculate the corresponding void frac-
tion � using the following equation:

� ¼ jG

U G

¼ G � x=qG

UG

ð44Þ

with jG the vapor superficial velocity. The void fraction
was calculated as a function of vapor quality, for R-134a
at T sat ¼ 30 �C, G ¼ 1000 kg=m2 s, in a 0.509 mm diameter
tube and for three hypothetical average bubble lengths: 1,
10 and 100 mm. These values are plotted in Fig. 13, show-
ing the homogeneous and Zivi void fraction as the refer-
ence. Also plotted are the void fractions obtained
indirectly for similar test conditions (but not able to be
done simultaneously) using a cross-correlation of two laser
light signals to obtain elongated bubble velocities described
in Revellin et al. (2006). For vapor qualities less than 0.05
and L = 1 mm, i.e. typically bubbly flow, the two indepen-
dent measurement techniques are shown to provide good
agreement with the homogeneous model. For vapor quali-
ties larger than 0.05, the void fraction measured with the
laser technique departs from the homogeneous model and
is close to the void fraction calculated with an average bub-
ble length of 10 mm, typically an elongated bubble flow
pattern. If the model is extrapolated up to a vapor quality
of 0.25, logically the void fraction calculated with an aver-
age bubble length of 100 mm tends towards the Zivi model,
which is valid for annular flow.
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Fig. 13. Comparison between the homogeneous and Zivi model, Revellin
et al. (2006) indirect void fraction measurements, and the void fraction
predicted by Eq. (46) (R-134a, D ¼ 0:509 mm, G ¼ 1000 kg/m2 s and
T sat ¼ 30 �C), for three lengths of bubbles.
Fig. 14 shows the comparison between the experimental
data and the model for 509 and 709 lm tube diameters at
mass fluxes, respectively, of 350 and 200 kg/m2 s. The
agreement between the data and the model is also reason-
ably good.
6. Results and discussion

Some simulations were performed with this model to
outline the different trends of the elongated bubble veloc-
ity. In each case the vapor quality was kept constant at
10%.

The simulation of the influence of the diameter D on the
relative bubble velocity UG � U h and the length of the
elongated bubble is shown in Fig. 15. The mass velocity
and saturation temperature were fixed at 500 kg=m2 s
and 30 �C, respectively. The larger the diameter, the higher
0

5

10

15

20

25

30

35

0 10 20 30 40 50 60 70 80

γ 
(m

m
)

LG (mm)

D=300μm

D=600μm

D=800μm

(
)/

U
G

−U
h

Fig. 15. Simulation of the influence of the diameter D on the relative
bubble velocity as a function of the elongated bubble length for R-134a,
T sat ¼ 30 �C, LMEV ¼ 70 mm, xMEV;out ¼ 0:1 and G ¼ 500 kg/m2 s.
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the relative bubble velocity, and the faster the increase of
UG � U h, as also evident in the present experimental data.
This is consistent with an increasing interaction of the
vapor and liquid phases when the diameter decreases. This
effect probably occurs as long as the bubbles are confined.
Notably this means that if the diameter is small enough, the
relative elongated bubble velocity is negligible and the
homogeneous model prevails. This conclusion is supported
by Serizawa et al. (2002) and Serizawa and Kawara (2003)
who observed that the void fraction was reasonably well
predicted by the homogeneous model for air–water flow
in circular tubes of 20, 25 and 100 lm internal diameter
and for steam-water flow in a 50 lm internal diameter tube.

Fig. 16 shows the simulation of the influence of the mass
velocity G on the relative bubble velocity U � and the length
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Fig. 16. Simulation of the influence of the mass velocity G on the relative
bubble velocity as a function of the elongated bubble length for R-134a,
T sat = 30 �C, LMEV ¼ 70 mm, xMEV;out ¼ 0:1 and D ¼ 500 lm.
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Fig. 17. Simulation of the influence of the saturation temperature T sat on
the relative bubble velocity as a function of the elongated bubble length
for R-134a, D ¼ 500 lm, LMEV ¼ 70 mm, xMEV;out ¼ 0.1 and G ¼ 500 kg/
m2 s.
of the elongated bubble. The tube diameter and saturation
temperature were fixed at 500 lm and 30 �C, respectively.
The larger the mass velocity, the higher the relative bubble
velocity, and the earlier the increase of U G � U h, as noticed
in the present experimental data. This conclusion is
supported by Revellin (2005) and Revellin et al. (2006)
who measured the same effect with cross-correlations
applied on signals from two pairs of lasers and diodes to
detect bubble velocities of R-134a at the exit of an
evaporator.

Fig. 17 shows the simulation of the influence of the sat-
uration temperature T sat on the relative bubble velocity U �

and the length of the elongated bubble. The tube diameter
and mass velocity were fixed at 500 lm and 500 kg=m2 s,
respectively. The higher the saturation temperature (and
hence the pressure), the lower the relative bubble velocity,
and the smaller the increase of U G � Uh. This effect could
not be experimentally verified with the present data since
only one saturation temperature was tested and is thus
an extrapolation of the model. However, this is consistent
with the fact that with increasing pressure the difference
between vapor and liquid densities decreases and thus the
velocity difference between the vapor and liquid phases
decreases so that the homogeneous model prevails at high
pressure.
7. Conclusions

The velocity of elongated vapor bubbles exiting two
horizontal micro-evaporator channels with refrigerant R-
134a was studied. Experimental data with tube diameters
of 509 and 790 lm, mass velocities from 200 to 1500 kg/
m2 s, vapor qualities from 2% to 19% and a saturation
temperature of 30 �C were analyzed with a fast digital
camera. It was shown experimentally that the relative
elongated bubble velocity increased with increasing bubble
length until a plateau was reached, and also increased with
increasing diameter and mass velocity. Furthermore, an
analytical model developed for a diabatic two-phase flow,
was devised that was able to predict all of these different
trends. An extrapolation of the model predicts that the rel-
ative elongated bubble velocity should decrease with
increasing pressure, which is consistent with the physics
of two-phase flow. In future work this model can be used
to predict the bubble collision phenomena. For a given
distribution of elongated bubble lengths, the new distribu-
tion after a given time delay can be calculated and eventu-
ally the transition between slug and annular flow could be
predicted.
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